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Abstract

A laboratory-scale reactor was designed and built to test optical techniques for the online and

in situ monitoring of the fluid catalytic cracking (FCC) reaction progress. A one-dimensional

and a three-dimensional computational fluid dynamics (CFD) model, were proposed and

solved to assist in the design and to understand the hydrodynamic, mixing, heat and mass

transfer phenomena taking place in the reactor. The reactor setup included Evaporation,

Heating, Reaction, and Separation zones to evaporate the liquid feed, heat the catalyst

particles, allow for the reaction and separate the catalyst from the gaseous stream, respec-

tively. The reactor was a fused-quartz cylinder, 180 cm long and with an internal diameter

of 1.3 cm. Five electrical furnaces that could be displaced in the vertical direction provided

the heat required to maintain the gas temperature flowing in the reactor at a nominal value

while provided space for passing the laser beam through the reactor to characterize the sys-

tem. A mid-infrared He-Ne laser operating at 3.39 µm wavelength was used to evaluate the

concentration of 1-hexene, that was selected as a model compound to represent FCC reac-

tions. Experiments at different temperatures (373 K to 673 K) and 1-hexene concentrations

(2.5 mol/m3 to 12.5 mol/m3), in the presence and absence of equilibrated FCC catalyst,

demonstrated that the fractional transmission presents a linear response to 1-hexene con-

centration. Despite the fact that the optical setup did not incorporate an on-site correction

for laser drift, the results are highly encouraging and suggest that inference of the advance

of the FCC reaction with optical techniques in FCC systems of larger scale is possible.

Keywords: Fluid catalytic cracking, downer reactor, mid-infrared, in situ measurement.



Resumen

Se diseñó y construyó un reactor a escala laboratorio para probar técnicas ópticas de moni-

toreo en ĺınea e in situ del avance de reacción de craqueo cataĺıtico fluidizado (FCC, por sus

siglas en inglés). Fueron propuestos y resueltos un modelo en una dimensión y un modelo

de tres dimensiones en dinámica de fluidos computacional (CFD, por sus siglas en inglés) los

cuales se tomaron como base para el diseño y comprensión de los fenómenos hidrodinámicos,

de mezcla y de transferencia de calor y masa que toman lugar en el reactor. La configuración

del reactor incluyó zonas de evaporación, calentamiento, reacción y separación para evaporar

la alimentación ĺıquida, calentar las part́ıculas de catalizador, permitir la reacción y separar

el catalizador de la corriente gaseosa, respectivamente. El reactor fue un cilindro de cuarzo

fundido de 180 cm de largo y con un diámetro interno de 1.3 cm. Cinco hornos eléctricos

con capacidad de moverse verticalmente proporcionaron el calor necesario para mantener la

temperatura del gas que fluye en el reactor a un valor nominal, además, se habilitó un espacio

para que el rayo láser pudiese pasar a través del reactor y aśı caracterizar el sistema. Se usó

un láser He-Ne en el infrarrojo medio que funcionaba a una longitud de onda de 3.39 µm

para evaluar la concentración de 1-hexeno, que se seleccionó como compuesto modelo para

representar las reacciones de FCC. Experimentos a diferentes temperaturas (373 K hasta

673 K) y concentraciones de 1-hexeno (2.5 mol/m3 a 12.5 mol/m3), con presencia y ausencia

de catalizador de FCC en equilibrio, demostraron que la absorción fraccional presenta una

respuesta lineal a la concentración de 1-hexeno. Aunque el montaje óptico no incorporó

una corrección en el sitio para la desviación de voltaje del láser, los resultados son altamente

alentadores y sugieren que es posible inferir el avance de la reacción FCC con técnicas ópticas

en sistemas de FCC a mayor escala.

Palabras claves: Craqueo cataĺıtico fluidizado, reactor de lecho transportado descendente,

infrarrojo medio, medición in situ.
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Introduction

Fluid Catalytic Cracking (FCC) units are of paramount importance in the oil refinery pro-

cess, in these units, heavy gas oil is converted into lighter products with higher added value,

mainly gasoline. It is estimated that approximately 50% of the installed capacity for the

major conversion processes in refineries is contributed by FCC [1]. In the last years, while

fuel demand is increasing, unconventional feeds with a large number of impurities are be-

coming more common. Dealing with these new challenges demands not only new and more

robust catalysts but also process improvements [2].

Traditionally [3, 4, 5], analytical techniques, such as gas chromatography (GC), mass spec-

trometry (MS) or the combination of both (GC-MS), have been used to measure the aromatic

and saturate contents of the FCC streams to determine the process global conversion. The

complete time required to establish conversion with these techniques may be more than 10

minutes, while the FCC reactions only take from 2 to 10 seconds [6].

The quality of a product obtained in a reactive process depends, in part, on the ability

to measure, monitor and control the process variables in a time scale similar to that of the

process. The development of online measurement techniques brings significant benefits that

extend to product quality, staffing needs and other areas that affect the overall economy

of a plant. Optical techniques are considered a good option for gas sensing. Nevertheless,

its application to FCC has been scarce. Recently, however, López et al.[7] documented the

viability of monitoring the progress of catalytic cracking for model compounds in the MIR

(3200–2800 cm−1) range. In their analysis, Lopez et al. used catalyst-free streams.

Application of the methodology described by López et al. to actual in situ detection of

the advance of the FCC reaction would demand the ability to deal with the possible interfer-

ence of the catalyst particles. Different laboratory-scale reactors and design configurations

have been typically used for kinetics and catalyst evaluation, and for hydrodynamics studies

of the process as well [8, 9, 10, 11]. None have implemented optical analysis and, as far as

the author knows, cannot be used to evaluate the effect of particles on the optical setup

described in Ref [7].

The main objective of this research is to design a laboratory-scale gas-solid reactor for the

in situ characterization of the advance of reaction in Fluid Catalytic Cracking (FCC). It
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considers two specific objectives: To define the lab-scale reactor dimensions and operating

conditions and, to validate the operation of the reactor for the in-situ characterization of the

reactions in FCC.

This dissertation has three chapters. Chapter 1 deals with FCC fundamentals and gives a

review on current laboratory-scale setups for the characterization of FCC processes. Chapter

2, written as a freestanding manuscript, follows the traditional format of a journal paper.

Chapter 2 focuses on the general design of the laboratory-scale unit, from conceptual design

to a three-dimensional CFD simulation. It also describes the construction of the reactor,

the optical setup used for the experiments, and the evaluation of this optical setup in the

reactor. Chapter 3 presents conclusions and recommendations for future research.



1 Fundamentals of Fluid catalytic

cracking (FCC) and laboratory-scale

approximation units

This chapter describes the FCC process and the state of the art of the laboratory-scale FCC

units.

1.1 Fluid catalytic cracking (FCC)

FCC is a crude oil refining process where heavier fractions are upgraded to lighter fractions

with more relevance on the market, making it a key process nowadays as the global demand

for transportation fuels is growing.

1.1.1 FCC unit

A general scheme of an FCC unit is presented in Figure 1-1. An FCC unit includes three

principal sections: reactor, stripper, and regenerator. The catalytic process is carried out

in the reactor. The feed, normally gas oil at 473 – 673 K, makes contact with the solid

preheated catalyst (950 – 1000 K), commonly zeolite, at the entrance of the reactor and the

difference in temperatures causes the vaporization of the feed [6]. The feed reacts at the

catalyst surface and produces lighter components. The ratio of catalyst to oil (CTO) is one

of the variables to manipulate in the process. At the exit of the reactor, the product stream

is separated from the spent catalyst in a series of cyclones (stripper). The spent catalyst,

deactivated by the deposition of carbonaceous material (coke) on its surface, is injected into

the regenerator in which hot air burns the deposited coke. The regenerated catalyst goes to

the reactor and thus, the cycle begins again. To maintain the desired catalyst activity, fresh

catalyst is continually added to the unit and replaces a fraction of equilibrated catalyst that

is constantly removed.

1.1.2 Reactor configuration

Since the first FCC units, in the early 40s [12], reactors in which the reactant and catalyst

enter by the bottom and flow upward have traditionally been used, these reactors are known
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Figure 1-1: General scheme of a FCC riser unit [1].

as risers. Figure 1-1, for instance, represents this configuration; note that the stripper is on

the top of the reactor. To improve performance, downer reactors have been proposed. In

these, the reactant and the catalyst enter from the top and flow downward [13]. The main

differences between the performance of both configurations are closely related to hydrody-

namics. The riser configuration experience solid backmixing because both gas and solids flow

against gravity. This reduces the efficiency of gas-solid contact and leads to an undesired

distribution of products due to reduced selectivity [14]. Particles accelerate faster in the

downer configuration because of the gravity force. This effect causes a more uniform radial

distribution so that near plug flow behavior is obtained [15].

1.1.3 FCC catalysts

Current FCC catalysts are in the form of fine powders with a typical particle size of 75

µm and have three major components: the active component, the matrix, and functional

ingredients [16]. The active component is usually zeolite, and it is responsible for most of the

catalyst activity. Zeolite has a well-known crystal structure formed by tetrahedral structures

in which a silicon or aluminum atom is at the center of the tetrahedron, with oxygen atoms

at the four corners. There are two types of zeolites commonly used in FCC: type X and type
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Y. The silica/alumina ratio is lower in type X, of the order of 2. The second component is

the matrix, composed of substances different than the zeolite but that could have certain

catalytic activity. Normally the matrix is alumina [17] and provides the primary cracking

sites. Finally, the functional components are those that perform a specific function, for in-

stance, to bind the catalyst components or to catch heavy metals from the feed.

Depending on the state of the catalyst it can be classified as fresh catalyst, spent catalyst

and equilibrated catalyst (E-cat). When fresh catalyst takes part in a reaction it becomes

spent catalyst due to coke formation in its surface. When the coke is burned in a regenerator

it turns into equilibrated catalyst.

To evaluate the performance of a catalyst, laboratory standard tests are used (see Sec-

tion 1.2), commonly, three important performance characteristics are measured: conversion

and the coke and gas formation [6]. Surface area, bulk density, pore volume, pore diameter,

and particle size distribution are important physical properties of a catalyst, that are even

considered for FCC design decisions.

1.1.4 FCC reactions

Cracking reactions require contact times, or time on stream (TOS), that are short, between

two to ten seconds. Because of these short times, most cracking in the FCC process is

catalytic. Nevertheless, thermal cracking also occurs when the feed is exposed to high tem-

perature (700 - 925 K) in the absence of a catalyst and its magnitude depends on time and

temperature [18]. Product distribution is different for both kinds of cracking reactions [19]

as these two processes follow different reaction mechanisms. Improvements in reactor mixing

and separation of cracked products are actions that can minimize thermal cracking.

Generally, catalytic cracking reactions could be divided into two groups: primary cracking

and rearrangement-recracking reactions. Moreover, one could be more specific and define

three main types of reactions: cracking of C-C bond, isomerization, and hydrogen transfer.

The first one consists of the splitting of the C-C bonds and it normally takes place in long-

chain hydrocarbons as they are more reactive than short-chain hydrocarbons. Isomerization

refers to molecule rearrangement into more stable molecules (with same molecular weight)

and is linked to a high octane number. The third one consists of hydrogen transfer between

olefins to form paraffins and then aromatics. It is important to mention another important

reaction that plays a key role in the process, coking. Coke, is an undesirable product in

FCC and the mechanism for its formation is not very clear, but it is believed that reactions

producing unsaturates and multiring aromatics are the principal coke-forming compounds

[20].
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1.2 Laboratory-scale approximation units

Figure 1-2 shows [21] the different laboratory approximations for FCC units, from the point

of view of catalyst bed and gas flow pattern. Corma & Sauvanaud [21] report improvements

in laboratory FCC testing for reactor configurations closer to the right in Figure 1-2 as they

capture more phenomena involved in the actual process. The differences between them are

discussed below.

Figure 1-2: Lab-scale FCC reactors classification from the point of view of catalyst bed and

gas flow pattern [21].

From the ’80s, laboratory-scale configurations have been proposed to evaluate possible im-

provements to the process, mostly to address the performance of new catalysts. To create

a piece of equipment that could be used to compare and select a catalyst between the large

commercial offer, a standard test (ASTM D3907) [22], the Micro Activity Test (MAT), was

conceived. The MAT consists of a fixed bed reactor where the catalyst sample (4 grams)

is packed in a quartz-tube section and a pulse of feed (1 – 1.5 grams) is injected during a

specific period of time (75 seconds). Despite being a good catalysts-comparison tool, it is

evident that the set of conditions for this test does not represent the conditions at industrial

scale. For instance, it is not a transported bed and the TOS between the gas and catalyst is

over 20 times greater than the actual value. Accordingly, in the literature, a large number of

modified MAT configurations with different conditions have been reported [23, 24, 25, 26].

Fixed bed catalytic reactors, such as MAT, were the starting point for catalytic fixed fluid

bed reactors. In these, the catalyst bed is fluidized, which eliminates the formation of tem-

perature profile and coke profile along the bed and modifies hydrodynamics [8]. Looking

for improvements that reduce the hydrodynamics differences, a recycle reactor, called Riser

Simulator R©, was designed by de Lasa [9]. This equipment consists of a 45 mL confined

reactor that comprises an upflow zone and a downflow zone. On the top, an impeller makes

the gas circulate. In the upflow zone a basket holds the catalyst, which flows faster than
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the fluidization velocity but lower than the drift velocity. The external annular space is the

downflow zone. In the Riser Simulator R©, TOS are between 3 – 10 seconds and temperatures,

pressures, and CTO are similar to those of the actual FCC unit. Besides catalyst evaluation,

this reactor has been used for the study of reaction kinetics of light gas oil [27] and biomass

gasification [28].

The approximations above were mainly conceived for evaluating catalysts performance and

are slightly distant from the actual FCC unit. Trying to minimize the gap between laboratory-

scale and actual units, transported bed reactors have been developed. In these, the contact

between phases is more representative of the FCC industrial reactors. The Microriser R©

[10] unit is one of them. This reactor can be operated in an ideal plug-flow regime, it is

isothermal, and the residence time can be varied by changing the reactor length (by adding

or removing sections), without changing the catalyst and feedstock flow rates [29]. Due to

the above, the reactor can be easily modeled through a plug flow, isothermal model, which

facilitates kinetic data extraction. To circulate the catalyst in the reactor, gas (typically

nitrogen) entrainment is needed. The geometry of the reactor allows that temperature and

contact time can be well controlled. Some examples of kinetic studies on this reactor are

those conducted with aromatic feeds [30] and naphtha cracking [31].

Another relevant transported bed reactor with plug flow for FCC study is the Microdowner R©.

The advantage of this unit over traditional laboratory processes, such as MAT and its mod-

ifications, is that it achieves a very short residence time of the solid in the reactor that is

truly representative of the industrial process. The Microdowner R© unit consists of a tube of

constant circular section (9 mm). In a similar way to the Microriser R© unit, the length can

be modified by attaching new sections of pipe to the existing reactor, two sections of reactor

50 cm long are normally used to form a reactor total length of 50 or 100 cm depending on

the desired residence time [11]. While all these lab-scale reactors present advantages and

disadvantages for the study of the FCC process, they all have in common that the analysis

of the feed conversion is carried out downstream of the reactor. Furthermore, none of them

consider optical access for the optical diagnostics methods.

1.3 Optical techniques in FCC research

The use of optical techniques for FCC investigation has been closely related with the de-

velopment of optical-fiber probes for particle velocity and cluster sizing measurements at

atmospheric conditions [32, 33, 34, 35]. However, recently, a laser technique for monitoring

the progress of catalytic cracking reaction have been proposed by Lopez-Zamora et al. [7].

Using Mid-Infrared (MIR) spectroscopy Lopez-Zamora et al. proposed a methodology to

evaluate the global conversion based on the kind of C-H bonds present in hydrocarbons and

the Beer-Lambert’s law. The experiments were conducted with a helium-neon (HeNe) laser,
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operating at 2949.85 cm−1 wavenumber (3.39 µm wavelength) using 1-hexene and 1,3,5-

triisopropyl benzene (TIPB) as model compounds. The Riser Simulator R© operating at 823

K, CTO = 2.5 and TOS = 7 sec was used to validate the method, a fiber optic sensor was

employed to locate the laser beam aiming at the external annular space (downflow zone)

of the reactor, without the presence of particles. In the refereed literature no other optical

diagnostic method was applied for the characterization of the FCC reaction.

1.4 Concluding remarks

There had been significant advances in the laboratory-scale analysis of FCC systems. There

is, however, still range form improvement. One is the fact that to determine the global

conversion of the process, gas products need to be sampled downstream and concentration

needs to be measured with analytical techniques (mainly GC) that take more than one order

of magnitude longer to give an answer that the total duration of the FCC experiments. This

is the case for commercial and laboratory-scale applications.

Nevertheless, laser techniques have been documented as having the potential for in situ

monitoring the progress of the FCC reaction. The current development of this technique

does not document the effect of particles in the system. This thesis aims to develop a lab-

scale setup that closes this gap, i.e. that can be used to characterize, in situ, the progress of

the FCC reaction.



2 A lab-scale reactor for the in-situ gas

characterization of a Fluid Catalytic

Cracking (FCC) reaction

2.1 Abstract

Evidence that a helium-neon (He-Ne) laser operating in the Mid-infrared (MIR) at a wave-

length of 3.39 µm can detect variations of 1-hexene concentration in the presence of catalyst

at conditions relevant for FCC is provided. The in situ and online characterization of cat-

alytic cracking (FCC) reactions is important to improve process control and boost efficiency.

In this research, a laboratory-scale downer unit was design and built. One-dimensional and

Computational Fluid Dynamics (CFD) simulations aimed at helping the design and improv-

ing the understanding of the mixing and hydrodynamics of the system were conducted. The

lab-scale reactor was 180 cm long, had an internal diameter of 1.3 cm, and was made of fused

quartz to allow the passage of the laser beam. A surrogate of a FCC feed, 1-hexene, was

carefully metered, vaporized, and fed into the reactor through two inputs located at an angle

of 45 degrees from the vertical descendent flow and 70 cm below the input of an equilibrated

FCC catalyst (0.5 g/s) and a flow of 0.55 slpm of purge and entraining N2. A system of

five heaters, that can be displaced in the vertical direction to allow the passage of the laser

beam, guaranteed temperatures up to 923 K. The system can continuously operate for up to

1 hour. The experimental results show a linear response of fractional transmission with the

1-hexene concentration that was independent of temperature in the 373 K to 673 K range in

a span of concentrations that was much higher than that used in other FCC characterization

equipment. The experimental setup allowed to demonstrate the ability of the laser system

to measure the 1-hexene concentration even in the presence of catalyst.

Keywords: Fluid catalytic cracking, Downer reactor, HeNe laser, In situ measurements.

2.2 Introduction

Fluid Catalytic Cracking (FCC) units are of paramount importance in the oil refinery pro-

cess. In these units, heavy gas oil is converted into lighter products with higher added-value.
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It is estimated that approximately 50% of the installed capacity for the major conversion

processes in refineries is contributed by FCC [1], and the process accounts for about 35–50%

of the total gasoline produced worldwide in the petroleum industry [36]. Traditionally, an-

alytical techniques such as gas chromatography (GC), mass spectrometry (MS) or the com-

bination of both (GC-MS) have been used to measure the aromatic and saturate contents

of the FCC exit streams and to determinate the process global conversion. Interestingly,

the analysis in these techniques takes more than 10 minutes, while the FCC reactions take

3 seconds or less [6]. The development of measurement techniques that operate in situ and

give real-time information may be beneficial for the study of the chemical processes taking

place during FCC and their interactions with the complex hydrodynamics taking place in

circulating fluidized beds. Real-time information may be also useful for process control.

Optical techniques are considered a good option for online and in situ gas sensing. In

FCC, there is an important history of the use of optical-fiber probes for particle velocity

and cluster sizing measurements at atmospheric conditions [34, 32, 35]. However, in the

refereed literature, only Lopez-Zamora et al. [7] have documented the use of optical analysis

to characterize the FCC reaction. Using Mid-Infrared (MIR) spectroscopy Lopez-Zamora

et al. proposed a methodology to evaluate the global conversion based on the kind of C-H

bonds present in hydrocarbons and the Beer-Lambert’s law. The experiments were con-

ducted with a helium-neon (HeNe) laser, operating at 2949.85 cm−1 wavenumber (3.39 µm

wavelength) using 1-hexene and 1,3,5-triisopropyl benzene (TIPB) as model compounds.

The Riser Simulator R© operating at 823 K, CTO = 2.5 and TOS = 7 sec was used to vali-

date the method, a fiber optic sensor was employed to locate the laser beam aiming at the

external annular space (downflow zone) of the reactor, without the presence of particles. In

the refereed literature no other optical diagnostic method was applied for the characteriza-

tion of the FCC reaction. The evaluation of the effect of catalyst particles on the ability of

the MIR described in Ref. [7] is an important step towards the widespread application of

this technique for the characterization of FCC systems.

While different laboratory-scale reactors have been widely used for kinetic and catalysts

evaluation [9, 10, 11], in their original configurations it is difficult to couple an optical setup

to perform in situ and in real time measurements in the presence of a catalyst. We report

the design and construction of such a setup. The equipment was conceived as a testing tool

for optical techniques and allows a wide range of operating conditions.

2.3 Model

Figure 2-1 presents a sketch of the downer setup. The catalyst is preheated and mixed

with the reactant; the reaction follows while both phases are flowing downwards. Finally,

products and spent catalyst are separated. Actual FCC units involve a regenerator to burn
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the coke deposited on the catalyst surface. The setup designed in this thesis does not

recycle the catalyst, therefore, it does not include a regenerator. The design of the setup

Figure 2-1: Schematics that represents the FCC process.

was assisted by calculations carried out with two models: a one-dimensional model that

simplifies the hydrodynamics as plug flow that was mainly oriented at understanding the

chemical reactions; and a three-dimensional CFD simulation that made emphasis in heat

transfer and mixing. Both models consider a particle heating zone and a reaction zone

which have been simulated separately.

2.3.1 1-D model

Equation (2-1) presents the balance of the forces acting on a catalyst particle and that it is

used to predict the particle trajectory in the reactor.

FT = mp ·
dUp
dt

= mp · g + FD + FB (2-1)

In equation (2-1), FT is the total force acting on the particle, mp is the particle mass, Up is

the particle velocity, FD is the drag force, FB is the buoyancy force, and g is the acceleration
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due to gravity. Both sides of the equation can be divided and multiplied by mp and dt/dz

respectively:

mp ·
dUp
dt
· 1

mp

· dt
dz

= (mp · g + FD + FB) · 1

mp

· dt
dz

(2-2)

Reorganizing,

dUp
dz

=
g + FD

mp
+ FB

mp

Up
(2-3)

Equation (2-3) describes the change in particle velocity along the reactor. The drag and

buoyancy forces were defined as follows:

FD =
1

2
· ρg · (Up − Ug) · |Up − Ug| · CD · Apro · (1− ε)−2.65 (2-4)

FB = ρg · Vp · g (2-5)

where, ρg is the gas density, Ug is the gas velocity, CD is drag coefficient, Apro is the particle

projected area and Vp is the particle volume. The expression (1−ε)−2.65 is a correction when

a large number of particles is considered [37]. Morsi-Alexander’s correlation for the drag

coefficient [38] was selected for this research because it proposes a more complete approach

as particle Reynolds (Rep) domain is divided into eight successive Rep ranges by means of

adjusting eight corresponding fits.

The energy balance for the differential volume in Figure 2-2 considers the steady state

downward flow of gas and particles through a cylinder with a constant-temperature wall

(Tw), in this way, the aim of this balance is to find the required minimum length to heat the

particles up to Tw.

The ratio between the volume occupied by the gas and the cylinder volume is the void frac-

tion (ε). This term, in a fluidized bed process like the one in this study, changes along the

reactor as the particle velocity is also changing. (see Eq. (2-3)).

Figure 2-2: Differential volume in the particle heating zone.
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ε = 1− ṁp

ρp · Ω · Up
(2-6)

where, ṁp is particle mass flow, ρp is the particle (catalyst) density and Ω is the cylinder

cross sectional area.

The energy balance, Eq.(2-7), for the catalyst particle considers convection and radiation

from the gas and wall, respectively.

(ṁp ·HV )− (ṁp ·HV+dV ) = hg→p ·N · Asp · (Tg − Tp) + εw · σ · (T 4
w − T 4

p ) ·N · Asp (2-7)

As the process does not have significantly pressure changes, the enthalpy change could be

represented by ∆H = Cpp ·∆T , whit constant Cpp . A simplified version of the energy balance

for the catalyst particles is that in Eq. (2-8).

ṁp · Cpp · (TpV − TpV +dV ) = N · Asp · (hg→p · (Tg − Tp) + εw · σ · (T 4
w − T 4

p )) (2-8)

In equations (2-7) and (2-8), H is the enthalpy, hg→p is the convective heat transfer coefficient

from gas to particle, N is number of particles in the differential volume, Asp is particle surface

area, Tg is the gas temperature, εw is wall emissivity factor, σ is the Stefan-Boltzmann

constant and Cpp is the particle specific heat capacity. Eq. (2-9) was used to compute the

number of particles in the differential volume.

N =
dV · (1− ε)

Vp
(2-9)

Combining equations (2-8) and (2-9), dividing by dV and taking limit when dV approaches

zero yields the final expression for the energy balance equation, Eq. (2-10).

dTp
dz

=
(1− ε) · Asp · Ω
Vp · ṁp · Cpp

· (hg→p · (Tg − Tp) + εw · σ · (T 4
w − T 4

p )) (2-10)

Eq. (2-10) describes the particle temperature change in a specific length because of the

convection and radiation from the gas and wall, respectively. The convective heat transfer

coefficient from gas to particle hg→p was calculated with the Kunii-Levenspiel correlation for

Nup [39] as it describes the gas-solid heat transfer for a sphere surrounded by a fluid, based

on physical and chemical phenomena occurring in fluidized beds.

Nup = 2 + (0.6 ·Re1/2p · Pr1/3) (2-11)

Where, Nup is the Nusselt number of a particle immersed in a fluid, Rep is the particle

Reynolds number and Pr is the gas Prandtl number. In Eq. (2-12) kg is the gas thermal

conductivity and dp is the particle diameter.

hg→p =
Nup · kg

dp
(2-12)
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The gas energy balance, Eq. (2-13) also considered convective heat transfer from the wall

and convective heat transfer to the particles.

ṁg · Cpg · (TgV − TgV +dV ) = hw→g · Aw · (Tw − Tg)− hg→p ·N · Asp · (Tg − Tp) (2-13)

where, ṁg is the gas mass flow, Cpg is the gas specific heat capacity, hw→g is the convective

heat transfer coefficient from wall to gas and Aw is the wall heat transfer area, as calculated

in Eq. (2-14).

Aw = a · dV =
4

D
· dV (2-14)

where, a is the heat exchange area per unit volume and D the cylinder diameter. Using Eq.

(2-9) and Eq. (2-14), dividing by dV and taking limit when dV approaches zero one obtains

the final expression for the energy balance for the gas, Eq. (2-15).

dTg
dz

=
Ω

ṁg · Cpg
· (hw→g · a · (Tw − Tg)− hg→p ·

(1− ε) · Asp
Vp

· (Tg − Tp)) (2-15)

Eq. (2-15) describes the gas temperature change because of convective heat transfer from

the wall and to the particles. The convective heat transfer coefficient from wall to gas, hw→g,

was estimated from the Nusselt number for fluid in a circular tube, which in a laminar regime

and fully developed flow is 3.66 [40].

Eq. (2-3), (2-10) and (2-15) are coupled ordinary differential equations and were solved

using MatLab for the particle heating zone 1D simulation. For the gas, nitrogen (N2) has

been used and its density is calculated as an ideal gas, aditionally, the gas thermal conductiv-

ity (kg), the gas specific heat (Cpg), and the gas dynamic viscosity (µg) have been calculated

using polynomial approximations as functions of gas temperature (see Table 2-1). Prandtl

number was 0.7327, it corresponds to nitrogen at 873 K. For the catalyst, a mean diameter

of 8.46 × 10−5 m, a catalyst density of 1525 kg/m3 and particle specific heat capacity of

1090 J/kg ·K [41] were considered. The particle density (ρp) value is similar to the used in

other studies [42, 43] and a particle size distribution analysis was made in a Mastersizer 2000

of Malvern Instruments to obtain the mean particle diameter (dp). A fused quartz cylinder

of 0.45 m long with an internal diameter of 0.013 m and wall emissivity (εw) of 0.6 was used.

The wall emissivity corresponds to that of fused quartz of 3 mm width at 800 - 900 K [44].

Nitrogen and catalyst flow of 1.00 × 10−6 kg/s and 5.00 × 10−4 kg/s were used, respec-

tively. Both phases entered at 300 K and the cylinder wall temperature (Tw) was set at

873 K. Operation was considered at atmospheric pressure (85113 Pa for Medellin).
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For reaction zone, the species conservation balance, Eq. (2-16), considered a differential

volume in a steady state for a downer reactor.

Fi(z)− Fi(z + dz)− Σri · dz · Ω · (1− ε) · ρp · φ = 0 (2-16)

Dividing by dz and taking limit when dz approaches zero, Eq. (2-16) becomes Eq. (2-17).

dFi
dz

= Σri · Ω · (1− ε) · ρp · φ (2-17)

where, Fi is molar flow of component i (TIPB), ri is the reaction rate of component i (TIPB)

and φ is the catalyst deactivation function, Eq. (2-18)[45].

φ = exp · [−β · (1− yTIPB)] (2-18)

where, β is a constant equal to 5.04 and yTIPB is the mass fraction of TIPB. Eq. (2-17)

describes the molar flow of TIPB throughout the length of the reaction zone and is solved

simultaneously with Eq. (2-3). As described below, the species balance equation was only

applied to a region of the reactor where isothermal flow could be assumed. Therefore, Eq.

(2-17) was solely solved in that region.

Catalyst properties have been previously mentioned, gas (N2 and TIPB) density was calcu-

lated as an ideal gas and the gas dynamic viscosity was calculated by a mixing law. Nitrogen

and catalyst flow were the same mentioned above, for TIPB a flow of 3.33× 10−5 kg/s was

used, hence, a catalyst to oil ratio (CTO) of 15. In this case, fused quartz cylinder of 1.10 m

long with the same internal diameter was considered. Reaction zone operates at atmospheric

pressure and 823 K.

Reaction mechanism

Laboratory-scale FCC studies simplify the complex VGO distillate fraction in a refinery, the

typical feedstock of FCC unit, with less complex compounds [46, 47]. This study considers

two surrogates for VGO: 1,3,5-tri-isopropylbenzene (TIPB, C15H24) with a molecular weight

of 204.4 g/mol and boiling point of 507 K and 1-hexene (C6H12), with a molecular weight

of 84.16 g/mol and boiling point of 336 K.

While the design of the experimental system considered TIPB, experiments were conducted

with 1-hexene as the latter is easier to handle in an experimental setup given its lower boiling

point. Furthermore, López [48] demonstrated that the analysis of the conversion of 1-hexane

is possible in the absence of catalyst for conversions up to 40% and that the results were

comparables to those obtained with TIPB.

From a modeling point of view, TIPB has the advantage that its reaction mechanism is
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well known and its widely used in FCC research [27, 49, 50]. Figure 2-3 shows a schematic

description of the catalytic cracking of TIPB. A three-step process represents this reaction

[27]: (1) Dealkylation of TIPB to form 1,3-di-isopropylbenzene (DIPB) and propylene; (2)

dealkylation of DIPB to form cumene and propylene: (3) dealkylation of cumene to form

benzene. In each step, secondary reactions form coke.

Figure 2-3: Reaction scheme that represents the catalytic cracking of TIPB [27].

The simulations in this research use the kinetic constants for the catalytic cracking of TIPB

with Y-zeolite proposed by Tukur & Al-Khattaf [50]. In their research, Tukur & Al-Khattaf

[50] proposed two models for catalyst deactivation, one based on time on stream (TOS) and

the other based on reactant converted (RC). As these authors conclude that both models

have similar performance, we selected for the simulations the model based on RC. The ki-

netic values used were a pre-exponential factor (k0@673 K) of 1.51 × 10−3 m3/kgcat ·K and

an activation energy (Ea) of 4.77× 107 J/mol.

To validate the correct understanding of the kinetic parameters, a batch reactor was sim-

ulated to reproduce the data obtained Tukur & Al-Khattaf [50]. It is important to note

that the kinetic parameters proposed in Ref. [50] only allows for the prediction of global

conversion; i.e. one cannot predict the product distribution. Figure 2-4 compares the ex-

perimental results of Tukur & Al-Khattaf [50] with those by the batch model. While minor

differences are evident, the agreement between experiment and model is acceptable at the

three different temperatures.
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Figure 2-4: Validation of the reaction mechanism used in the simulation. Comparison of

model predictions with kinetic data. Symbols: experimental data. Lines: model

predictions.

2.3.2 CFD simulation

The one-dimensional simulations are particularly suitable for estimating the conversion along

the reactor and the heat transfer in the first stages where the catalyst and feed mix. However,

more complex models are desirable if a complete understanding of the hydrodynamics is

required. Computational Fluid Dynamics (CFD) simulations can give more details of the

mixing process between catalyst and feed.

Mathematical model

The CFD simulation of the downer reactor considered the three spatial dimensions and was

developed using the Euler-Lagrange approach where the fluid (gas) is treated as a continuous

phase while the dispersed phase (catalyst) is solved by tracking a large number of particles.

The commercial CFD software Fluent V15.0 was used to discretize and solve the Navier

Stokes equations of continuity, momentum, species transport, mass, and energy transfer.
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The equations considered in the simulations have been widely studied and can be consulted

in several references [51, 52, 53] as well as in the Ansys Fluent theory guide [54].

Mesh and boundary conditions (BC)

As is presented in detail below, the simulation domain was divided into two zones. The

first domain considered the particle-heating zone, where the particles were heated from am-

bient temperature to a nominal temperature of around 873 K. A second zone included

the entrance of the feed stream (TIPB) to the reactor zone. The particle heating zone is

a 0.7 m-length, 0.013 m-diameter cylinder. The 3-D simulation has a longer heating zone

than the 1-D simulation as the first one considers the exact dimensions of the reactor that

includes spaces between heaters, as described in more detail below. The values of the prop-

erties and dimensions are the same in the 1-D and 3-D simulations except for Tw that, as

stated above, considers the exact layout of the heaters (Tw(0.0 m → 0.165 m) = 300 K,

Tw(0.165 m→ 0.615 m) = 873 K, and Tw(0.615 m→ 0.70 m) = 653 K).

A tetrahedral mesh was used for both zones. The particle-heating zone had about 600 000

elements with a mean aspect ratio of 0.88. The nitrogen and particle inlet was represented as

a Mass flow inlet boundary condition. For the three different wall thermal conditions men-

tioned above, a no-slip shear condition was considered. A pressure outlet BC represented

the exit of the particle heating zone.

The reaction zone considered 1 800 000 tetrahedral elements with a mean aspect ratio of 0.76.

More elements are required to model the reaction zone than the heating zone as the first one

is longer and the input of TIPB demands cells of smaller size. Figure 2-5 shows the top of

the reaction zone where the refinement has been made, it also presents the BCs used. As

was the case for the particle heating zone, the inlet of the nitrogen and particles coming from

the heating zone was represented as a Mass flow inlet BC entering at the exit temperature

obtained in the simulation of the heating zone. TIPB entered through two holes (3 mm I.D.)

at a 45◦ angle with the vertical direction and at 573 K. The TIPB input was represented by a

mass flow inlet BC. For the reactor, a Wall BC with a no-slip shear condition and a constant

temperature of 823 K was considered. A Pressure outlet BC represented the exit flow of the

reactor. The simulation did not consider heat transfer through radiation in the reaction zone.

The CFD simulation was simplified by neglecting the interaction between the continuous

(gas) and discrete (particle) phases. In this way, the solution of the dispersed phase consid-

ers the momentum and energy contribution from the continuous phase but not vice versa.

To represent the reaction, the simulation considers a pseudo-homogeneous reaction in the

continuous phase and inert catalyst particles.
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Figure 2-5: Lateral views of the mesh for the top of the reaction zone.

Physical properties and simulation parameters

The CFD simulation demanded knowledge of properties related to the heat transfer in the

gas phase as well as to the solution of the momentum equation, that were not required

in the 1-D model. For nitrogen the thermal conductivity (kN2), specific heat (CpN2
) and

dynamic viscosity (µN2) were calculated using a polynomial approximation that was func-

tion of the gas temperature (f(Tg) = A1 + A2 · Tg + A3 · Tg2 + A4 · Tg3 + A5 · Tg4). Table

2-1 summarizes the polynomial coefficients. The ideal gas law was used to calculate density.

Table 2-1: Coefficients to compute the nitrogen physical properties [54].

Property A1 A2 A3 A4 A5

kN2 ( J
s·m·K ) 0.00473 7.27× 10−5 −1.12× 10−8 1.45× 10−12 −7.87× 10−17

CpN2
( J
kg·K ) 979 0.417 −0.00117 1.67× 10−6 −7.25× 10−10

µN2 ( kg
m·s) 7.47× 10−6 4.08× 10−8 −8.24× 10−12 1.31× 10−15 −8.17× 10−20
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For TIPB, constant properties at 823 K were used: kTIPB = 0.05 J/s ·m ·K, CpTIPB
=

3000 J/kg ·K, and µTIPB = 1.4 × 10−5 kg/m · s [55]. It is important to note that in the

particle heating zone, only the nitrogen properties are used but in the reaction zone all

properties were calculated by a mass weighted mixing law. Catalyst properties have been

previously mentioned in 1D-model section. Morsi-Alexander drag model for spherical parti-

cle has been considered, in the same way as in the one dimensional simulation. The models

relevant for the CFD simulation are listed in Table 2-2 [56].

Table 2-2: Models used in the CFD simulation.

Models Method

Multiphase Euler - Lagrange

Solver Pressure-based steady

Turbulence κ− ε model
Discrete phase model Activated, Inert particle

Pressure velocity coupling scheme Phase-coupled SIMPLE

Residual convergence criteria 1.0× 10−3, energy 1.0× 10−6

Discretization Scheme First-order upwind

Gas density Ideal gas

Species Species transport, volumetric reaction

(only in reaction zone)

Drag model Morsi-Alexander

2.4 Experimental section

Figure 2-6 presents a schematic representation of the experimental setup that includes four

zones: 1) Evaporation, 2) Particle heating, 3) Reaction, and 4) Separation. In the Evapora-

tion zone (No 1 in Figure 2-6), a precision syringe pump (New Era Pump Systems NE-8000

model) with a 200 ml stainless-steel syringe (partially filled to about 140 ml) controlled the

rate of injection of the feed through an resistance-heated, steel cylinder (0.12 m length and

0.025m diameter) packed with Ottawa sand with particle diameter between 0.85mm−1mm.

The vaporization system reaches steady state operation approximately 25 minutes after in-

jection begins (see Figure 2-15, Appendix A). Nitrogen was flown (0.42 slpm) through the

system initially to purge the evaporator and, later, to help entrain the evaporated feed. Two

stainless-steel hypodermic tubes transported the N2/feed stream into the reactor. The reac-

tor was a clear fused quartz tube (0.013 m ID x 0.016 m OD x 1.80 m long) with two ports

located at 45◦ for feed entrance located 0.70 m from the catalyst inlet.
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The catalyst flow was controlled by a volumetric screw feeder (Schenck Process AccuRate

Figure 2-6: Experimental aparatus 1) Evaporation zone, 2) Particle heating zone, 3) Reac-

tion zone, 4) Separation zone.

106M) that was calibrated for a catalyst mass flow between 0.000125 and 0.001765 kg/s

(see Figure 2-16, Appendix A). Equilibrated catalyst particles between 53 − 106 µm were

used in the experiments. A tube furnace (H1 in Figure 2-6) of 0.45 m length, located in the

particle heating zone (Zone 2 in Figure 2-6) before the inlet of the feed ports, heated the

catalyst particles up to 873 K. Nitrogen entered the quartz tube (0.13 slpm) and the upper

part of the feeder hopper (0.035 slpm) to neutralize the buoyancy effect of the hot gases in

the reactor and to purge the catalyst from oxygen, respectively.

Cracking reactions take place throughout the lower part of the fused quartz tubing, i.e

from the feed entrance where the evaporated feed, the catalyst, and nitrogen mix to the

fused quartz end, approximately 1.10 m below. This is the reaction zone in, No 3 in Figure

2-6. Four additional tube furnaces with different lengths (0.30, 0.25, 0.20 and 0.20 m) that

can be moved in the vertical position to allow optical access keep the Reaction zone at a
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maximum reaction temperature of 823 K. At the end of the Reaction zone, a separation

cyclone removes spent catalyst from the gas reaction products, a flexible stainless steel hose

is connected from the cyclone’s gas outlet to an exhaust hood and the catalyst is received

in a collection box with 4.5 L capacity (No 4 in Figure 2-6). A data acquisition system

continuously logged the temperature at the outlet of the Reactant evaporation zone (TI-1

in Figure 2-6), the temperature of the five furnaces (TI-2 to TI-6 in Figure 2-6) and the

relevant data for the optical measurements as described below. Figure 2-17 in Appendix A)

presents a detail description of the reactor.

2.4.1 Optical setup

As previously mentioned, Lopez-Zamora et al. [7] demonstrated the use of a helium-neon

(HeNe) laser operating in the MIR spectroscopy for monitoring the FCC reaction process.

In the present study, the same optical setup proposed by Lopez-Zamora et al. was adapted

to operate in the reactor in Figure 2-6 to evaluate the effect of particle flow. Figure 2-7

presents a picture of the optical setup when operating in the quartz reactor.

Figure 2-7: Photo of the optical setup adapted to the reactor. 1) He-Ne Laser, 2) Optical

chopper and 3) Photodetector.

The optical setup includes a continuously operating Helium-Neon (HeNe) laser (Research

Electro Optics, Inc.), 2949.9 cm−1 wavenumber (3.39 µm wavelength) working at 2800 V DC

power with a beam diameter of 2.02 mm and a maximum output power of 7 mW , an optical

chopper that can reach a frequency up to 1000 Hz, and a PDA20H(-EC) PbS photodetector

(Thorlabs) with detection wavelength range between 1.5 µm to 4.8 µm and a Noise-equivalent

power (NEP) of 1.5 × 10−10 W/
√
Hz. There is a separation of 0.45 m between the He-Ne

laser and the photodetector.

The changes in concentration of the feed stream along the reactor were related to changes

in the intensity of the laser beam according to the Beer-Lambert’s law (2-19) [57].

− ln
Iλ
I0λ

= σλ,i(T, P ) · ni · L = αi (2-19)

where, I0λ and Iλ are, respectively, the intensity of the radiation before and after the in-

teraction of the laser beam with the media; σλ,i is the absorption cross-section of species i
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that depends on the temperature and pressure; ni is the concentration of species i; and L

is the path length. αi (Iλ/I
0
λ) is known as absorbance and, as Equation (2-19) states, for

a constant temperature, pressure, and path length the absorbance should be proportional

to the concentration of species i. The last statement has one caveat and is that assumes

that, for the catalytic cracking of one species, as is the case in this research, any interference

of the products at the specific wavelength of the experiments is negligible. The results of

Lopez-Zamora et al. [7] suggest that this is the case.

During the experiments, a significant power drift in the HeNe laser was observed (see Fig-

ure 2-18, Appendix B). This drift was not documented in Ref. [7]; however, this behavior

was previously reported by Klingbeil [58] who implemented a beam splitter and a reference

detector to correct for the effect of the laser power drift. While the setup by Klingbeil [58]

clearly mitigates any problem with the laser beam, because of time and budget constraints,

for the present dissertation, the use of a second photodetector was not possible. Correction

of the laser drift was, nevertheless, accomplished by a careful averaging and iteration pro-

cedure where feed injection was interrupted in a periodic fashion so that the variation in I0λ
during the experiment could be documented. Appendix B explains in detail this correction

procedure.

2.5 Results

The results are discussed in two sections. The first section compares the results from the

1D and the CFD simulation with experimental data. This comparison gives inside into the

phenomena taking place in the reactor. A second section presents the results of the optical

measurements.

2.5.1 Simulation

Figure 2-8 shows the variation of gas and particle temperature along the heating zone as

predicted by the 1D and the CFD simulations and as measured in the experiments. Both

experiments and simulations considered a flow of N2, feed, and particles as described in

Section 2.3. It is important to point out that the CFD simulation considered a zone without

heater from 0 m to 0.15 m in the reactor and from 0.62 m to 0.70 m. The 1D simulation

was only carried for the 0.45 m where the heater acted on the fuzed-quartz reactor.

The experimental data show that the gas temperature is already 820 K, at 0.38 m from

the gas entrance. While this temperature is for the gas, as the thermocouple was sensing

the gas phase, this value should give a good indication of the actual particle temperature

as the difference between both phases is very low, as both models indicate. The temper-

ature sensed by the thermocouple varied between 820 K and 880 K in the heating zone.
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The maxima of 880 K in the center of the heating zone could be associated with the fact

that particles are heating -for distances below 0.4 m- and cooling -for distances above 0.55 m-.

Although only three experimental measurements are available in the region where the heater

operates, the results suggest that the 1D model captures the trend of temperature. The

results of the CFD model predict a faster particle heating process that renders a gas and

particle temperature of 875 K almost immediately after entering the reactor. This prediction

of relatively fast heating by the CFD is probably incorrect and it is the result of the fact

that the CFD simulation did not consider heat transfer from the particle to the gas phase.

Therefore, the gas phase did not register thermal inertia associated with heating the particle

flow.

Convective heat transfer contributes about 95% of total heat transfer, it has been widely

studied that radiative heat transfer becomes relevant at temperatures higher than 973 K

[59].

Figure 2-8: Temperature profile along the heating zone. Results are for simulations results

of the 1D and CFD simulations and from the experiments. Error bars represent

one standard deviation.



2.5 Results 25

Figure 2-9 presents the velocity profile as predicted by the 1D and the CFD simulation.

Contrary to Figure 2-8 that only presented results for the Heating zone, Figure 2-9 presents

the complete reactor domain, from the Heating zone to the Reaction zone. As was the case

in Figure 2-8 , the 1D simulation only considered particular regions, this is where the heater

is present in the Heating zone and after the entrance of the feed in the Reactor zone. The

CFD simulation considered the complete domain.

Figure 2-9 makes evident the differences between the Heating zone and the Reaction zone

as the entrance of the Feed in the later significantly enhances the gas velocity. The other

changes in gas velocity along the reactor can be traced to changes in gas temperature, as

is discussed below. The slight difference between the 1D and CFD simulations after the

feed entrance stem from the fact that the CFD simulation considers the loss of momentum

after the entrance of the feed (see Figures 2-20 and 2-21, Appendix C) and, as explained

below, because the predicted conversion is lower for the CFD case. Lower conversion implies

a higher gas density and, therefore, a lower gas velocity.

Figure 2-9: Gas velocity profile along the reactor as predicted by the 1D and the CFD

simulations.

The predictions of particle velocity in Figure 2-10 present more differences between the two

simulations than those found for the gas velocity comparison. For the CFD simulation, only

the velocity component in the axial direction (Y ) (see Figure 2-5) was considered in this

figure. Both simulations predict that the particle velocity decreases in the first stages in the
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reactor as it loses momentum to the gas phase. Note that the particle velocity is one order

of magnitude higher than that of the gas. Differences in the prediction of setting velocity

in the Heating zone between both models are probably related to differences in the drag

coefficient (Eq. (2-4)) as the CFD simulations have a more complete description of the gas

and temperature field that affect the calculation of the particle velocity.

At 0.70 m, particles accelerate because of the augmented gas flow as the feed the reac-

tor that is captured by both models. However, once in the Reactor zone the CFD simulation

predicts a significant decrease in particle velocity associated by a loss of momentum because

of the entrance of the feed that the 1D simulation does not capture. This and the lower gas

velocity in Figure 2-9 explain the lower particle velocity predicted by the CFD simulation

in Figure 2-10.

Figure 2-10: Particle velocity profile along the reactor as predicted by 1D and CFD simu-

lations.

The predicted conversion is 17% and 19% for the CFD and 1D simulation, respectively,

as Figure 2-11 shows. The CFD simulation captures hydrodynamic effects that negatively

affect the reaction yield and which can not be appreciated in the 1D simulation. The entrance

of the feed, as well as the flow in the tube, causes radial dispersion, backmixing, swirl, and

non-homogeneous temperature profiles (see Figures 2-20 and 2-21, Appendix C). In any

case, the results by both simulations are within the conversion range reported by Tukur &

Al-Khattaf [50].
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Figure 2-11: Predicted global conversion by the 1D and CFD simulations.

Figure 2-12: Comparison of the temperature profile along the reactor as predicted by the

CFD model and as measured in the experiments. Error bars represent one

standard deviation.
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A final plot, Figure 2-12, compares the gas temperature profile measured along the reactor

with the CFD predictions. Although CFD only considered a one-way interaction (from the

gas to the particle) agreement is acceptable. There are three regions, however, were agree-

ment is just acceptable: (i) at 0.4 m where, as explained above, the CFD model tends to

overpredict the rate at which particles heat; (ii) between 1.1 m and 1.3 m where measure-

ments with a long thermocouple became difficult; and (3) at the Reaction zone exit where

the furnace losses energy to the uninsulated reactor end but this effect is not captured in

the simulation.

The simulations in figures 2-8 to 2-12 served two purposes. First, they helped in the

design of the system in Figure 2-6. Secondly, they were fundamental in the understanding

of the momentum, energy, and mass transfer phenomena in the reactor. This understanding

helped to have success in the optical measurements described below.

2.5.2 Optical measurements

The initial experiments were with 1-hexene (C6H12, 84.16 g/mol, boiling point = 336 K).

Figure 2-13 presents the variation of the fractional transmission with the molar fraction of

1-hexene with and without particles and at different temperatures. As the molar fraction of

1-hexene increases, I/I0 decreases as the amount of light absorbed is higher. Interestingly,

when the molar fraction is only 0.45, I/I0 is already almost 0 which indicates the high sen-

sitivity of the optical system to the concentration of 1-hexene.

An observation of the variation of I/I0 with the molar fraction of 1-hexene demonstrates

that when the molar fraction of 1-hexene is higher than 0.2 the system does not obey the

Beer-Lambert’s law, i.e. I/I0 does not linearly vary with the concentration of 1-hexene.

Beer-Lambert’s law nonlinearity for concentrations higher than 10 mM have been previously

reported [60].

When at the same temperature (373 K), but in the presence of equilibrated catalyst, the

variation of I/I0 with the molar fraction of 1-hexene was evaluated, a linear trend was ob-

tained. Furthermore, the value of I/I0, for the same molar fraction of 1-hexene, increased.

This result was somehow unexpected as light scattering should decrease the value of I0 in a

magnitude similar to the reduction in I as both reductions depend on the number of par-

ticles flowing in the system. One possible explanation for the significant increase in I/I0
in the presence of the catalyst is the absorption of 1-hexene in the catalyst as is discussed

in Appendix C. Nevertheless, the results at 373 K in the presence and absence of catalyst

are encouraging as they indicate that the measurement of 1-hexene in the reactor in the

presence of a catalyst is possible and that the Beer-Lambert’s law can be used to estimate

the 1-hexene concentration in the range of molar fractions in Figure 2-13.
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Figure 2-13: Variation of the fractional transmission (I/I0) with the molar fraction of 1-

hexene at different temperatures and in the presence and absence of catalyst.

Figure 2-14: Fractional transmission at different 1-hexene concentrations.
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For the experiments at higher temperatures in Figure 2-13, it is evident that for a given

value of 1-hexene the fractional transmission increases as the molar concentration decreases.

This is expected as the higher the temperature, the lower the molar concentration of 1-

hexene. Figure 2-14 presents the same data as in Figure 2-13, but this time in the abscissa

the 1-hexene concentration is presented as molar concentration instead of molar fraction.

Clearly, all the temperature lines collapse into one sole line. This result indicates that even

in the presence of catalyst particles this method can track the conversion of 1-hexene in a

temperature range relevant for FCC (673 K). While the absorption cross section of 1-hexene

depends on temperature, in the range evaluated in this research that dependence is low, an

observation that further boosters the applicability of this laser technique for the evaluation

of the conversion of hydrocarbons during FCC reactions.

Figure 2-14 also presents typical concentration values for the Microdowner R© unit [11] and

the commercial Grace’s DCR R© pilot plant [61]. The concentrations in these two units lay

in the range of 1-hexene concentrations in Figure 2-14. One more result that indicates the

potential application of the laser technology for FCC characterization.

2.6 Conclusions

Starting from conceptual design, a gas-solid, laboratory-scale downer reactor that allows the

use of optical techniques and which can operate at conditions similar to those of industrial

FCC units was built. Based on 1D and CFD simulations, a minimum length of 0.35 m has

been found to preheat catalyst particle up to 873 K, because of that, a tube furnace of

0.45 m has been used for this task. The predicted conversion in the furnace varied between

17% and 19% for a 1.10 m reaction zone length operating at 823 K. A CFD simulation

captures the most significant hydrodynamic effects in the mixing point that affect the global

performance on the equipment and complemented the results of the 1D simulation.

Experiments using 1-hexene as a model compound for FCC were carried out to validate

the performance of a laser operating in the mid-infrared at 3.39 µm wavelength when de-

tecting different concentrations of 1-hexene in the presence of a solid catalyst. Even in the

presence of the catalyst, the laser technique captures changes in reactant concentration at

temperature and concentrations typical of those observed in FCC conditions.
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Appendix A. Overall setup

For a set value of 823 K, the reactant evaporation zone takes up to 25 minutes to reach a

constant gas temperature near 620 K at the outlet.

Figure 2-15: Variation of temperature with time in the Reactant evaporation zone.

Based on the result of the calibration curve for the volumetric screw feeder, 163 RPM are

needed for reaching a catalyst mass flow rate of 0.0005 kg/s.

Figure 2-16: Calibration curve for the volumetric screw feeder.
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Figure 2-17: Actual setup picture and the four zones considered.
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Appendix B. Correction to the Optical Signal because of

Laser Power Drift

Figure 2-18 shows the laser power drift when the distance between the laser and the pho-

todetector was 5 cm and only the optical chopper was between them. After two hours of

laser operation (7200 s) the fluctuations in laser intensity with time decreases but is still

very intense, furthermore, there is not a clear pattern.

Figure 2-18: Variation in laser intensity with time. Only the chopper was between the laser

and the detector.

Figure 2-19 illustrates how the experiments were conducted to correct for the laser power

drift. Basically, the feed injection was alternated with periods with a flow of N2 equivalent

to the feed flow while I was recorded when the feed was flowing, I0 was recorded in the

presence of N2.

In Figure 2-19, the uneven numbers (1, 3, 5, 7 and 9), i.e. zones with higher voltage,

indicate periods of time when only nitrogen and catalyst were flowing. In the same way,

even numbers (2, 4, 6 and 8) represent periods of time when the reactant (1-hexene) was
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injected. While the peaks and valleys in the signal are because of the detection of particles

passing through the laser signal, the average signal between each section also changes be-

cause of the laser drift. As some disruption can be expected when the flow is switched from

N2 to the feed and vice-versa, the following procedure was taken to obtain an average laser

signal in each zone.

1. Find the highest value of voltage in N2 Injection i and average data 15 seconds be-

fore and 15 seconds after that maximum, always guaranteeing that the data is collected

from the period of time when only N2 is flowing.

2. Repeat (1) for N2 Injection i+ 2.

3. Average the signal from (1) and (2) so that a total of 60 seconds of data have been

recorded. This is the value of I0 used to compute I/I0 for feed Injection i+ 1.

4. I is simply calculated as the average signal 60 s after injection of the feed has stopped.

5. I/I0 for feed Injection i + 1 is calculated as the ratio of I0 calculated in (1) through (3)

and I in (4).

6. Repeat 1 through 5 for Injection i+ 3.

Table 2-3 illustrates the procedure for the data in Figure 2-19. For the experiment of

this example, a fractional transmission (Iλ/I
0
λ) of 0.731 with a standard deviation of 0.030

was obtained. These are the values reported in Figures 2-13 and 2-14.

Figure 2-19: Typical behavior of voltage in time for an experiment with catalyst and 1-

hexene.
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Table 2-3: Data obtained from Figure 2-19.

I0λ Iλ Iλ/I
0
λ

1.144(1→3) 0.798(2) 0.698

1.236(3→5) 0.929(4) 0.752

1.261(5→7) 0.959(6) 0.760

1.266(7→9) 0.906(8) 0.716

Mean 1.227 0.898 0.731

SD 0.057 0.070 0.030
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Appendix C. Supplementary results

This appendix presents supplementary results that, to improve readability, were not included

in the main section.

Mixing point CFD result

Figures 2-20 and 2-21 show, where the feed and the flow of nitrogen and catalyst mix, the

predictions of the CFD simulation as vectors colored by velocity (Figures 2-20) and tem-

perature (Figure 2-21). Swirl and backmixing are evident. These effects cause a departure

from plug flow in concentration and temperature that the 1D simulation does not capture.

Figure 2-20: Velocity vectors colored by Y velocity in the region were the feed (entering

from both sides at the top of the figure) and catalyst and nitrogen mix.

1-hexene absorption

To evaluate 1-hexene absorption on the catalyst, the feeder hopper was load with fresh

catalyst at the top and catalyst that have been collected after one pass through the reactor.

The experiments, conducted at room temperature, give evidence of the absorption of 1-

hexene by the catalyst as the laser intensity decreases when the 1-pass catalyst is injected.

Figure 2-22 indicates a lower 1-hexene concentration (higher signal) in the presence of fresh
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catalyst. This absorption is probably responsible for the reduction in signal observed when

catalyst enters the reactor as documented in Figure 2-13.

Figure 2-21: Velocity vectors colored by temperature.

Figure 2-22: Variation of laser intensity when fresh catalyst (0 s - 300 s) and 1-pass catalyst

(300 s - 850 s) enter a flow of 1-hexene at atmospheric temperature.



3 Conclusions and future work

3.1 Conclusions

An FCC laboratory-scale downer reactor that allows the use of an optical technique for mon-

itoring reaction progress even in catalyst presence was designed and built. The design, based

on a coupled 1-D (for the chemistry) and CFD (for the hydrodynamics) simulation indicated

that a length of 0.45 m was required to guarantee a temperature of 823 K at the entrance of

a reaction zone where TIPB was added to the system. The 1-D model predicted a conversion

of TIPB of the order of 20% that could not be verified in the experiments. However, the

predictions of gas temperature in the system agreed with the final measurements.

Experiments with 1-hexene as surrogate compound at FCC operating conditions demonstrate

the reactor capability for in situ measurements with a He-Ne laser operating at 3.39 µm.

In particular, the fractional transmission (I/I0) had a very good linear correlation with the

1-hexene molar concentration (0.25 × 10−5 mol/cm3 to 1.25 × 10−5 mol/cm3) at temper-

atures varying from 373 K to 673 K. The fact that this range of concentration includes

the concentration of laboratory-scale units used for studying FCC gives confidence on the

viability of applying this laser technique in the evaluation of the FCC conversion.

3.2 Future work

CFD simulations should include four-way coupling to properly assess the effect of particles

in the flow. These simulations should be conducted in future work.

To minimize the error in the optical measurement given the documented laser power drift,

it is indispensable the use of a laser beam splitter and another photodetector to do a con-

tinuous follow-up of the transmitted light intensity.

The experimental technique should be further validated with more complex hydrocarbons

such as TIPB. The actual measurement of the advance of the TIPB reaction should be pro-

vided.
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